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Carbon dioxide is gaining renewed interest as an environmentally safe refrigerant. In order to improve
the energy efficiency of R744 systems, an accurate knowledge of heat transfer coefficients is fundamental.

In this paper experimental heat transfer coefficients during flow boiling of R744 in a smooth, horizon-
tal, circular, 6.00 mm inner diameter tube are presented. We obtained 217 experimental points in 18
operating conditions commonly encountered in dry-expansion evaporators investigating the effect of
the mass flux within the range from 200 to 349 kg/m2 s, the saturation temperature within the range
from �7.8 to 5.8 �C, the heat flux within the range from 10.0 to 20.6 kW/m2 and the vapor quality within
the range from 0.02 to 0.98.

An interpretation of the experimental trends based on the local circumferential distribution of heat
transfer coefficients, the flow regimes and the thermophysical properties is proposed.

Besides the measured data are compared with those predicted by the Cheng et al. [L. Cheng, G. Ribatski,
J.R. Thome, New prediction methods for CO2 evaporation inside tubes: Part II – An updated general flow
boiling heat transfer model based on flow patterns, International Journal of Heat and Mass Transfer 51
(2008) 125–135] and Yoon et al. [R. Yun, Y. Kim, M.S. Kim, Y. Choi, Boiling heat transfer and dryout phe-
nomenon of CO2 in a horizontal smooth tube, International Journal of Heat and Mass Transfer 46 (2003)
2353–2361] correlations to determine the best predictive method for the tested operating conditions.

� 2009 Elsevier Ltd. All rights reserved.
1. Introduction

In the field of refrigeration HCFCs have been scheduled for
phase-out [1]. The HFCs, that were once expected to be acceptable
permanent replacement fluids due to their null contribution to
ozone depletion, are now on the list of regulated substances due
to their impact on climate change and there is growing concern
about future use [2]. The focus on greenhouse effect of fluorinated
compounds has led to a proposed gradual phase-out of refrigerants
with GWP > 150 (i.e. the most part of HFCs) in mobile air condition-
ing in EU, starting from 2008 [3] and some countries are moving
unilaterally toward restrictions on and even bans of some HFC uses
[4]. In this situation the industry is looking for completely different
long-term solutions. Over of continuing the search for new chem-
icals, there is an increasing interest in technology based on ecolog-
ically safe natural refrigerants. Among these, carbon dioxide is seen
today as one of the most promising refrigerants and great interest
is raising in industrial and scientific fields [5–7], because it is an
ozone friendly, with negligible GWP, non toxic and non flammable
fluid.
ll rights reserved.
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).
On the other side carbon dioxide vapor pressure is much higher
than HCFCs and HFCs. As a consequence it is not possible to consider
carbon dioxide as a drop-in refrigerant of conventional refrigerants:
its use implicates the necessity to redesign completely the vapor
compression plants and the constraints arising from the very high
pressure levels lead to expensive CO2 systems and make it hard to
manufacture the components. Besides it can be noticed that the sin-
gle stage vapor compression plants that use R744 as working fluid
operate usually on a transcritical cycle. This leads to CO2 does not
compare favourably against traditional refrigerants, as far as energy
efficiency is concerned when theoretical cycle analyses are carried
out. Taking into account that the climate change is influenced not
only by the refrigerant leakages, but also by energy consumption
during the lifetime of refrigerating equipment, the essential option
to lower the environmental impact is to improve the energy effi-
ciency of the R744 systems. To maximize the performances of a va-
por compression plant, a proper design of each component is
necessary. Among the components which influence the cycle effi-
ciency, the evaporator is of particular importance. To optimize the
design of evaporators, the accurate knowledge of heat transfer coef-
ficients is fundamental. Indeed, it can reduce costs by avoiding
underdesign and, therefore, it is a prerequisite to increase the plant
performance through the correct sizing.
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http://www.sciencedirect.com/science/journal/00179310
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Nomenclature

Latin letters
AVD dimensionless cross-sectional area occupied by vapor

phase
Bo bond number
d diameter (m)
dd bubble departure diameter (m)
f frequency of bubble release (Hz)
G refrigerant mass flux (kg/m2 s)
Gwavy wavy flow transition mass velocity (kg/m2 s)
Gstrat stratified flow transition mass velocity (kg/m2 s)
GWP global warming potential
h local heat transfer coefficient (W/m2 K)
hLD dimensionless vertical height of liquid
HFC HydroFluoroCarbons
HCFC HydroChloroFluoroCarbons
Fr Froude number
i specific enthalpy (kJ/kg)
ilv latent heat of vaporization (kJ/kg)
Ja Jakob number
k thermal conductivity (W/m K)
L length (m)
_m mass flow rate (kg/s)

N number of points
Nu Nusselt number
ODP ozone depleting potential
p pressure (bar)
Pr Prandtl number;
q heat flux (W/m2)
_Q power (W)
r radius (m)
R electrical resistance (X)
sd standard deviation (%)
t temperature (�C)
V voltage (V)
We Weber number
x vapor quality

xdi dryout inception quality

Greeks
a cross-sectional vapor void fraction
b contact angle (rad.)
dl liquid film thickness (m)
D difference
en error (%)
�e mean error (%)
j�ej mean absolute error (%)
k number of experimental points predicted within ±30%
l dynamic viscosity (lPa s)
q density (kg/m3)
r surface tension (N/m)

Subscripts
A annular
ATS adiabatic test section
cr critical
DTS diabatic test section
exp experimental
I intermittent flow
i inner
in inlet
l liquid
M referred to measurement section M
nb nucleate boiling
o outer
PH preheater
pred predicted
r reduced
sat saturation
SUP fully suppression of nucleate boiling
v vapor
w wall
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In literature several experimental studies on CO2 two-phase
heat transfer during flow boiling in horizontal circular macrochan-
nels are available. Thome and Ribatski [8] have recently given a re-
view of flow boiling heat transfer and two-phase flow of CO2 in
macrochannels. The experiments analyzed in this work have been
performed for saturation temperatures from �25 to 20 �C, heat flux
from 3 to 30 kW/m2 and mass flux from 85 to 1440 kg/m2 s. The
test sections adopted were smooth or micro-fin tubes with an in-
ner diameter from 4 to 10.06 mm heated by Joule effect or by a sec-
ondary fluid. In comparison to the conventional refrigerants, in
these experimental studies the authors observed that:

� CO2 flow regimes compared with the flow pattern maps that were
developed for other fluids denotes significant deviations (many
works underlined that dryout may occur at much lower vapor qual-
ity, particularly at high mass flux and evaporating temperature);

� CO2 nucleate boiling contribution seems to be predominant;
� CO2 heat transfer coefficients are higher;
� the available heat transfer prediction methods, developed using

experimental databases containing mainly low and medium
pressure refrigerants, generally underpredict the experimental
data of CO2.

These differences can be explained taking into account that, com-
pared to the traditional fluids, carbon dioxide has thermodynamic
and transport properties much different (higher reduced pressure,
vapor density and thermal conductivity and lower surface tension).
Nevertheless, more accurate local heat transfer data are still
needed. In fact in literature some works presented experimental
results that are quite different from those obtained in comparable
operating conditions [9–13]. Besides it seems that the interpreta-
tion of the trends of experimental points is still opened. In partic-
ular, the influence of mass flux, evaporating temperature, heat flux
and vapor quality on the heat transfer coefficients is not com-
pletely cleared and some contradictions appears in the data as it
is evident comparing some works [9–17].

For the reasons specified above, the local heat transfer coeffi-
cient of R744 during flow boiling in a smooth, horizontal, circu-
lar, stainless steel tube with an inner diameter of 6.00 mm are
experimentally evaluated. The tests were carried out by means
of a new experimental apparatus developed for accurate carbon
dioxide measurements. We obtained 217 experimental points in
18 operating conditions commonly encountered in dry-expan-
sion evaporators varying the refrigerant mass flux within the
range from 200 to 349 kg/m2 s, the evaporating pressure within
the range from 28.2 to 40.5 bar (saturation temperature within
the range from �7.8 to 5.8 �C), the heat flux within the range
from 10.0 to 20.6 kW/m2 and the vapor quality within the range
from 0.02 to 0.98. An interpretation of the experimental trends
based on the local circumferential distribution of heat transfer
coefficients, the flow regimes and the thermophysical properties
is proposed.
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2. Experimental plant

A schematic view of the plant is shown in Fig. 1. The experimen-
tal apparatus allows to measure simultaneously the local heat
transfer coefficients and pressure gradients during flow boiling.
At this scope two test sections were installed: the first one is dia-
batic, while the second one is adiabatic The refrigerant loop con-
sists of a magnetic gear pump, a preheater, an adiabatic and a
diabatic test section, a shell-and-tube heat exchanger, a brazed
plate heat exchanger and a tube-in-tube subcooler.

The magnetic gear pump drives the fluid coming from the liquid
reservoir. The refrigerant mass flux can be modified varying the
electric motor speed by an inverter. The refrigerant, in sub-cooled
conditions, passes first through the preheater where heat is sup-
plied to the fluid by four fibreglass heating tapes (each one has a
nominal power of 830 W at 240 V (AC)); changing the voltage it
is possible to modify the thermal power and to obtain the desired
quality at the diabatic test section inlet. After the preheater, the
fluid flows through the diabatic test section. Upstream the latter,
a straight tube of 60.0 cm length allows the fully development of
the flow.

The diabatic test section is a smooth, horizontal, circular, stain-
less steel (type 304) tube with an inner radius of 3.00 ± 0.05 mm, a
outer radius of 4.00 ± 0.05 mm and a length of 1200.0 ± 0.5 mm at
20 �C and 1.0 bar. The thermal power is provided to the fluid by
Joule effect by a feed current device.

After the evaporation, the refrigerant passes the adiabatic test
section and then condenses in a shell-and-tube heat exchanger
and in a brazed plate heat exchanger. Before returning to the
pump, the refrigerant is sub-cooled in a tube-in-tube heat exchan-
ger. The coolant is an auxiliary fluid (TEMPER) contained in a stor-
age tank of 200 dm3. It can be chilled down to �30 �C by a R404A
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Fig. 1. Experimental a
auxiliary refrigerating plant and it is circulated by a magnetic gear
pump connected to an inverter. By adjusting the refrigerant charge,
the TEMPER inlet temperature and mass flow rate, it is possible to
modify and hold constant the refrigerant evaporating pressure in
the test section. To avoid heat gains, heavy insulation was provided
by an elastomeric insulator (k = 0.035 W/m K at 0.0 �C) for the two
test sections, shell-and-tube heat exchanger, the tube-in-tube sub-
cooler, the liquid reservoir, the tubes and the tube fittings; by a
32 mm layer of cellular insulator (k = 0.040 W/m K at 40 �C) for
the plate heat exchanger and by 5 cm layer of rock wool insulator
(k = 0.075 W/m K at 300 �C) for the preheater.
3. Data acquisition, data reduction and uncertainty analysis

To run the calculations of the local heat transfer coefficient and
vapor quality the following assumptions are made:

� steady-state conditions;
� the refrigerating loop is adiabatic to the surroundings;
� the tube of the diabatic test section is homogeneous and isotro-

pic, so that the heat generation inside the tube due to the Joule
effect can be safely considered uniform;

� there are no electric leakages from the diabatic test section to
the remaining part of the loop, since dielectric fittings are used
at the test section inlet and outlet;

� the effect of axial conduction into the diabatic test section to the
tube wall temperature measurements is negligible;

� heating power of the preheater and of the diabatic test section is
completely transferred to the fluid;

� the heat flux at the inner wall of the diabatic test section is
uniform.
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Table 1
Measurement equipment.

Measurement Device Calibration
range

Uncertainty

DpATS Piezoelectric differential
pressure transducer

0 � 10 kPa ±0.075% of full scale

Piezoelectric differential
pressure transducer

0 � 100 kPa ±0.075% of full scale

pin,ATS Piezoelectric absolute
pressure transducer

0 � 50 bar ±0.1% of full scale

tin,PH Probe resistance
thermometer Pt100

�50 � 100 �C ±0.1 �C

pin,PH Piezoelectric absolute
pressure transducer

0 � 50 bar ±0.1% of range

tw,o Resistance thermometer
Pt100

�50 � 100 �C ±0.03 �C

QPH Wattmeter 0 � 3600 W ±0.2% of reading +
0.02% of full scale

VDTS Electronic voltage
transducer

0 � 10 V ±0.19% of reading +
0.01% of full scale

m Coriolis mass flow meter 0 � 1.8 kg
s�1

±0.05% of reading

psat Piezoelectric absolute
pressure transducer

0 � 50 bar ± 0.1% of full scale
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The local heat transfer coefficient is measured in the section M, far
away 200.0 ± 0.05 mm from the exit of the diabatic, by the Newton
equation:

h ¼
_QDTS

2pri;DTSLDTSðtw;i � tsatÞ
¼ q
ðtw;i � tsatÞ

ð1Þ

Heating power provided to the fluid is calculated measuring the
voltage VDTS between the inlet and the exit of the tube by an electri-
cal voltage transducer; the electrical resistance of tube RDTS from
the calibration certificate is 0.037121 X ± 0.056 mX at �4.90 �C
and 0.039159 ± 0.059 mX at 35.00 �C. tsat is obtained from the abso-
lute pressure psat, which is measured at section M by means of a pie-
zoelectric absolute pressure transducer. tw,i is calculated from the
measured outside wall temperature tw,o by applying the one-dimen-
sional, radial, steady-state heat conduction equation for a hollow
cylinder with a uniform heat generation. tw,o is measured with four
four-wire Pt100 resistance thermometers mounted on the top, the
bottom, the left and the right sides of the tube in order to taking
into account the liquid and vapor spatial distribution. Four values
of tw,i and, therefore, four local heat transfer coefficients htop, hbot-

tom, hleft, hright are obtained.
At the section M, the vapor quality is obtained from the local

saturation pressure psat and the specific enthalpy iM; the latter is
calculated by an energy balance between the inlet of the preheater
and the section M:

iM ¼ iin;PH þ
_Q PH

_m
þ

_Q in;DTS-M

_m
ð2Þ

The specific enthalpy at the inlet of the preheater is evaluated from
the absolute pressure pin,PH and the temperature tin,PH. The heating
power provided to the refrigerant in the preheater is measured with
a wattmeter, while the heating power supplied to the fluid between
the diabatic test section inlet and the measurement section is deter-

mined as Rin;DTS-M
V2

DTS

R2
DTS

, where Rin,DTS-M is the electrical resistance of

the considered part of the heated channel (0.030209 X ±
0.045 mX at �4.90 �C and 0.032168 ± 0.045 mX at 34.60 �C). The
refrigerant mass flow rate _m is measured by a Coriolis effect mass
flow meter working in the liquid line.

All the thermodynamic properties are calculated by the soft-
ware REFPROP [18].

Table 1 summarizes the measurement characteristics of the
plant instrumentation.

The uncertainties for the local heat transfer coefficient and for
the vapor quality at section M were calculated according to the sin-
gle-sample uncertainty analysis suggested by Moffat [19].

For data acquisition and storage, a personal computer con-
nected with a 16 bit resolution data acquisition system, provided
with a software for monitoring experimental values, is used. The
logging of signals from all the sensors is performed on all the chan-
nels for 100 s with 1.0 Hz acquisition frequency and the average
values of each channel are stored. If the deviation of each value
from its average value is lower than a fixed quantity, steady-state
conditions are assumed. The plotted values of heat transfer coeffi-
cient hM are obtained as follows:

hM ¼
X100

n¼1

hM;i ¼
X100

n¼1

htop þ hbottom þ hleft þ hright

4

� �
n

ð3Þ
4. Preliminary tests

The reliability of the measurements was verified through three
different checks: (i) single-phase R134a heat transfer coefficient
measurements, (ii) single-phase energy balance and (iii) repeat-
ability of the measurements.
Twenty experiments were carried out with mass velocities
ranging from 701 to 1005 kg/m2 s covering a range of Reynolds
numbers from 13,251 up to 22,066 (turbulent flow).

The R134a single-phase Nusselt number was compared to the
well-known correlations of Dittus–Boelter [20] and Gnielinski
[21]. The comparison has been characterized by the following
parameters:

en ¼
hpred;n � hexp;n

hexp;n

� �
ð4Þ

�e ¼ 1
N

XN

n¼1

en ð5Þ

j�ej ¼ 1
N

XN

n¼1

jenj ð6Þ

sd ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1
N

XN

n¼1

ðen � �eÞ2
vuut ð7Þ

Fig. 2 shows a very good agreement between the experimental and
predicted values. In fact Dittus–Boelter correlation [20] predicts the
experimental Nusselt number with a mean error of �3.6%, an abso-
lute mean error of 1.6% and a standard deviation equal to 1.9%,
while for Gnielinski correlation [21] it results �e ¼ 1:2%; j�ej ¼ 1:1%

and sd = 2.2%. Dittus–Boelter correlation [20] is able to predict the
100% of data within ±7%, while Gnielinski correlation [21] predicts
all points within ±4%.

Concerning the energy balance, the absolute mean error was al-
ways less than 3.5%, which is a good result for this type of
experiments.

The measurement repeatability was investigated in a fixed oper-
ating condition (G � 300 kg/m2 s, psat � 3.5 bar, q = 10 kW/m2) four
times: Fig. 3 shows the agreement of the local heat transfer data.
The performed preliminary tests showed an instrument calibration
and overall system performance consistent with the desired
accuracy.

5. Experimental results and flow regime analysis

The operating conditions investigated in this study are summa-
rized in Table 2: in this table, the refrigerant mass flux, the evapo-
rating pressure (and the corresponding saturation temperature),
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Table 2
The operating conditions.

G (kg/m2 s) psat (bar) tsat (�C) q (kW/m2) Dxexp

200 28.2 �7.8 10.1 0.12 � 0.98
200 39.7 5.0 20.3 0.27 � 0.96
201 39.7 5.0 15.2 0.41 � 0.88
202 38.9 4.2 10.1 0.13 � 0.96
203 32.0 �3.2 10.1 0.13 � 0.94
250 28.2 �7.8 10.1 0.09 � 0.82
251 32.0 �3.2 10.1 0.09 � 0.75
252 40.4 5.7 10.2 0.07 � 0.93
297 32.1 �3.1 10.1 0.07 � 0.88
300 39.7 5.0 20.2 0.17 � 0.85
300 40.5 5.8 10.3 0.09 � 0.85
301 28.2 �7.8 10.1 0.07 � 0.97
302 39.7 5.0 15.5 0.25 � 0.86
348 28.3 �7.7 20.0 0.18 � 0.78
348 39.7 5.0 10.0 0.02 � 0.93
348 39.7 5.0 20.6 0.30 � 0.88
349 28.2 �7.8 10.1 0.10 � 0.76
349 32.0 �3.2 10.1 0.05 � 0.78
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the heat flux and the vapor quality range are specified for each test.
The relative measurement uncertainty in the evaluation of the lo-
cal heat transfer coefficient ranges between 3.4% and 6.5%, while
the uncertainty in the evaluation of the vapor quality at the mea-
surement section M is always lower than 3.1%.

Fig. 4 depicts the local heat transfer coefficient of R744 as a
function of vapor quality at varying refrigerant mass flux from
about 200 to about 350 kg/m2 s for tsat = �7.8 �C, tsat � �3 �C and
tsat � 5 �C. For all plots it results q � 10 kW/m2. Very similar trends
have been observed experimentally by Yun et al. [11] and Oh et al.
[16]: they explain their experimental results in terms of partial
dryout of liquid film at very low vapor quality (0.3 � 0.4) and dom-
inance of nucleate boiling. Taking into account that the heat trans-
fer process depends on the liquid and vapor phase distributions, an
accurate analysis of the flow regimes corresponding to the experi-
mental points is necessary to understand the experimental values
and trends. At this scope, in Fig. 5 we reported the heat transfer
coefficient at the bottom, right, top and left side of the measure-
ment section as a function of vapor quality at a saturation temper-
ature of about �3 �C for (a) G � 200 kg/m2 s, (b) G � 250 kg/m2 s,
(c) G � 300 kg/m2 s and (d) G � 350 kg/m2 s. The tests carried out
at tsat = �7.8 �C and tsat � 5 �C showed a variation of the heat trans-
fer coefficient around the tube periphery very similar to that ob-
served for tsat � �3 �C. The experimental results show a
considerable variation of the heat transfer coefficient around the
periphery of the tube at low vapor qualities (up to around 25%),
with the top of the tube having the highest heat transfer coefficient
for all the refrigerant mass fluxes tested. At higher vapor qualities,
the heat transfer coefficient at the top being lower than the heat
transfer coefficient at the bottom for G � 200 kg/m2 s (Fig. 5a),
while there are no obvious differences between the top and the
bottom for G � 250 kg/m2 s and G � 300 kg/m2 s (Fig. 5b and c).
For G � 350 kg/m2 s (Fig. 5d) the heat transfer coefficient at the
top becomes always somewhat larger than that at the bottom.

The important differences between the top and bottom of the
tube shown at low vapor qualities can be explained analyzing
the flow regimes. One of the most widely used flow pattern transi-
tion maps developed specifically for carbon dioxide is that due to
Cheng et al. [22,23] and this map has been selected for comparison
with our data. The dryout inception vapor quality xdi predicted by
the flow pattern map of Cheng et al. [22,23] for G = 350 kg/m2 s is
reported in Table 3: it is possible to observe that, at the evaporat-
ing temperatures considered in this study, for carbon dioxide xdi

(even if lower than that calculated for R22 as suggested by
[24,25]) is always higher than 0.90. At decreasing mass flux, xdi in-
creases: therefore it is reasonable to suppose that partial dryout
cannot occur for the operating conditions tested in this work at
low vapor quality. Concerning with the flow regime transitions
that happen for low vapor qualities, this map distinguishes be-
tween slug zone, slug/stratified-wavy zone and intermittent zone
(only for very low refrigerant mass flux the stratified flow regime
can exists). The intermittent to annular flow transition boundary
is calculated with the following relation:

xI—A ¼ 1:8
1

0:875
qv
ql

� �� 1
1:75 ll

lv

� ��1
7

þ 1

" #�1

ð8Þ

Eq. (8) provides also the vapor quality transition from the slug/
stratified-wavy zone to the stratified-wavy zone. From Eq. (8) it
can be observed that xI–A is independent from refrigerant mass flux
and it is only a function of the saturation temperature: for
tsat = �8 �C it results xI–A = 0.14, while for tsat = 5 �C xI–A is equal to
0.17. In the flow pattern map of Cheng et al. [22,23] the transition
boundary from the stratified-wavy zone to intermittent or annular
flow region is calculated with the following relation:

Gwavy ¼
16A3

VDgdiqlqv

x2p2½1� ð2hLD � 1Þ2�
1
2

p2

25h2
LD

Frl

Wel

� �
þ 1

" #( )1
2

þ 50 ð9Þ
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Fig. 4. Local heat transfer coefficients of R744 as a function of vapor quality at varying refrigerant mass flux from about 200 to about 350 kg/m2 s for (a) tsat = �7.8 �C, (b)
tsat � �3 �C and (c) tsat � 5 �C.
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with

AVD ¼
Aa
d2

i

; hLD ¼ 0:5 1� cos
2p� hstrat

2

� �� �
;

Frl ¼
G2

q2
l gdi

; Wel ¼
G2di

qlr
ð10Þ

The cross-sectional void fraction is determined from the Steiner
[26] version of the Rouhani–Axelsson drift flux model for horizontal
tubes, while the stratified angle is calculated with the equation pro-
posed by Biberg [27]. When G > Gwavy and x < xI–A the flow regime is
intermittent, while for G > Gwavy and x P xI–A the flow regime is
annular. For G < Gwavy, the flow pattern map of Cheng et al.
[22,23] predicts the stratified-wavy flow subdividing the strati-
fied-wavy flow region into three zones:

� G > Gwavy(xI–A) and x < xI–A give the slug flow zone;
� Gstrat < G < Gwavy(xI–A) and x < xI–A give the slug/stratified-wavy

zone;
� Gstrat < G < Gwavy(xI–A) and x P xI–A give the stratified-wavy zone.

From Eq. (8) it can be obtained that, for G = 200 kg/m2 s, Gwavy(xI–A) =
216 kg/m2 s for tsat = �8 �C, Gwavy(xI–A) = 206 kg/m2 s for tsat = �3 �C
and Gwavy(xI–A) = 190 kg/m2 s for tsat = 5 �C. For G = 350 kg/m2 s,
Gwavy(xI–A) is equal to 232 kg/m2 s for tsat = �8 �C, 220 kg/m2 s for
tsat = �3 �C and 203 kg/m2 s for tsat = 5 �C.

Therefore we can reasonably assume that, for the operating
conditions investigated in this work, the experimental points cor-
responding to low vapor qualities (up to around 25%) are in the
slug flow regime. Mainly for low vapor qualities the nucleate boil-
ing contribution is dominant: Sun et al. [28] showed that the con-
tribution to the overall coefficient of the liquid slug region is small
(most of the heat transfer occurring in the film region (namely the
region between the liquid slugs)) and that the nucleate boiling
coefficient in liquid film at the top of the film region is more than
that in the liquid film at the bottom of the film region because the
faster moving, more turbulent, bottom liquid film gives a greater
nucleate boiling suppression. These results can explain the exper-
imental trends observed in Fig. 5 for low vapor qualities where the
top of the tube have a heat transfer coefficient higher than that
pertaining to the bottom.

At higher vapor qualities, for G = 203 kg/m2 s, the heat transfer
coefficient at the top of the tube become lower than that corre-
sponding to the bottom, right and left sides of the measurement
section; this is probably due to the change from slug to strati-
fied-wavy flow regime. In the latter the vapor goes to the top
and the liquid to the bottom of the tube with waves at the interface
that travel in the direction of the flow. The amplitude of the waves
is notable, but their crests do not reach the top of the tube. As a
consequence the wall temperature at the top of the tube rises,
which leads to the decrease in the corresponding heat transfer
coefficient (Fig. 5a). At increasing the refrigerant mass flux
(G = 251 kg/m2 s and G = 297 kg/m2 s), there are no relevant differ-
ences in the heat transfer coefficient around the periphery of the
tube for a vapor quality higher than around 0.3 (Fig. 5b and c). This
is probably the consequence of the transition from slug flow to
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Fig. 5. Variation of circumferential heat transfer coefficient with respect to vapor quality for tsat � �3 �C, q = 10.1 kW/m2 and (a) G � 200 kg/m2 s, (b) G � 250 kg/m2 s, (c)
G � 300 kg/m2 s and (d) G � 350 kg/m2 s.
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annular flow with an almost uniform liquid film thickness around
the periphery of the tube. The flow pattern map of Cheng et al
[22,23] confirms this interpretation: in fact, in the considered
experiments, it results x > xI–A and G > Gwavy(xI–A). At increasing
refrigerant mass flux, the liquid film at the top of the tube, due
to the gravity force, becomes thinner. In fact, at increasing the mass
flow rate, the dryout inception vapor quality predicted by Cheng et
al. [22,23] becomes lower; Mori et al. [29] and Wojtan et al. [24,25]
also verified experimentally that the dryout inception at the top of
the tube appears at lower vapor qualities as the mass velocity in-
creases. Therefore for G � 350 kg/m2 s (Fig. 5d) the flow regime is
probably still annular, but the liquid film is not still uniform
around the periphery of the tube. In particular the thermal resis-
tance of the liquid film at the top of the tube becomes lower: as
a consequence the heat transfer coefficient at the top of the tube
results somewhat higher than that pertaining to the bottom, the
right and left sides of the section M for vapor qualities higher than
around 0.3.

5.1. Influence of vapor quality

Generally, in case of conventional refrigerants, it is known that
the local heat transfer coefficient increases with the vapor quality
once the annular flow regime is reached. No similar results have
been observed in our experiments. In fact in our tests at low evap-
orating temperatures the CO2 heat transfer coefficient is nearly
independent of vapor quality. This can be explained taking into ac-
count that the influence of convective boiling for carbon dioxide is
reduced because of high vapor to liquid densities ratio: therefore,
the fluid is not accelerated so much by evaporation. From Table 3
it can be observed that, for all values of saturation temperatures
considered, carbon dioxide has a ratio qv=ql about six times larger
than R22. Besides, in the annular flow region, the convective boil-
ing contribution is proportional to the ratio between the liquid
thermal conductivity and the liquid film thickness ratio. Evaluating
dl as suggested by Kattan et al. [30], it can be observed that carbon
dioxide has a ratio kl=dl around 1.5 times lower than R22 for the
evaporating temperatures tested in this work.

The particular dependence of the heat transfer coefficient from
the vapor quality can be explained also taking into account that
carbon dioxide reveals stronger nucleate boiling heat transfer char-
acteristics due to its physical properties. In fact, it is known that,
for a given liquid superheat Dt, the critical bubble radius rcr for a
pure substance can be calculated as follows [31]:

rcr ¼
2tsatr

ilvqvDt
ð11Þ

Bubbles that are smaller in radius than rcr will collapse spontane-
ously and bubbles that are bigger in radius than rcr will grow: hence,
a lower value of rcr implies a stronger nucleate boiling contribution,
which may positively affect heat transfer, mainly at medium-low
vapor quality. From Table 3 it can be noticed that, for Dt = 1 K,
the CO2 critical bubble radius is about fifteen times smaller than
that pertaining to R22. This is due to the fact that, compared to
R22, R744 has a lower surface tension and a latent heat of vaporiza-
tion and vapor density higher.



Table 3
Thermophysical properties of R744 and R22.

R744 R22

tsat = �8 �C xdi
a 0.941 0.947

qv/ql 0.078 0.013
rcr (lm)b 0.168 1.976
f (Hz)c 94.9 88.0
xSUP

d 0.986 0.870
hnb,COOPER (W/m2 K)e 5690.9 1955.4
hnb,JUNG and RADERMACHER (W/m2 K)e 4157.6 1455.6
hnb,MOSTINSKI (W/m2 K)e 3411.9 1260.0

tsat = �3 �C xdi
a 0.939 0.949

qv/ql 0.094 0.015
rcr (lm)b 0.130 1.639
f (Hz)c 97.1 89.1
xSUP

d 0.989 0.895
hnb,COOPER (W/m2 K)e 6295.2 2072.2
hnb,JUNG and RADERMACHER (W/m2 K)e 4616.8 1572.5
hnb,MOSTINSKI (W/m2 K)e 3734.6 1330.7

tsat = 5 �C xdi
a 0.934 0.951

qv/ql 0.128 0.020
rcr (lm)b 0.082 1.222
f (Hz)c 101.5 90.9
xSUP

d 0.993 0.926
hnb,COOPER (W/m2 K)e 7581.9 2275.4
hnb,JUNG and RADERMACHER (W/m2 K)e 5604.8 1773.8
hnb,MOSTINSKI (W/m2 K)e 4347.1 1457.2

a G = 350 kg/m2 s, q = 10 kW/m2.
b Dt = 1 K.
c tw,i � tsat = 1 K.
d G = 200 kg/m2 s, q = 10 kW/m2.
e q = 10 kW/m2.
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The nucleate contribution can be characterized not only by the
critical bubble radius, but it also depends on the frequency of bub-
ble release f. The latter is a function of the bubble departure diam-
eter dd, i.e. of the specific bubble size at which, for a given cavity,
bubble release can occurs. Zuber [32] suggested the following rela-
tion to evaluate f:

f ¼ 0:59
dd

rgðql � qvÞ
q2

l

� �1
4

ð12Þ

Jensen and Memmel [33] compared the available correlations able
to predict the bubble departure diameter against available bubble
departure diameter data: the correlation of Kutateladze and Gogo-
nin [34] was found the best overall fit to the data examined. Jensen
and Memmel [33] also proposed an improved version of Kutate-
ladze and Gogonin correlation [34]:

Bo
1
2 ¼ 0:91ð1:8þ 105KlÞ

2
3 ð13Þ

where Bo is the Bond number:

Bo ¼ gðql � qvÞd
2
d

r
ð14Þ

and Kl is given by the equation:

Kl ¼
Ja
Prl

� �
gqlðql � qvÞ

l2
l

� �
r

gðql � qvÞ

� �3
2

( )�1

ð15Þ

with the Jakob number Ja defined as follows:

Ja ¼ qlcplðtw;i � tsatÞ
qv ilv

ð16Þ

For tw,i � tsat = 1 K, from Table 3 it can be observed that, for the
evaporating temperatures considered in this work, the frequency
of bubble release for R744 is higher than R22 of about 10%.

Also from the analysis of the nucleate boiling contribution pre-
dicted by the most known correlations available in literature based
on an additive model, it is possible to highlight that the nucleate
boiling heat transfer coefficient of carbon dioxide should be greater
than that corresponding to the conventional refrigerants. In Table 3
the values of hnb predicted from the correlation of Cooper [35], Jung
and Radermacher [36] and Mostinski [37] has been reported for
R744 and R22 for q = 10 kW/m2:

hnb;COOPER ¼ 55p0:12
r ð�log10prÞ

�0:55M�0:5q0:67 ð17Þ

hnb;JUNG and RADERMACHER ¼ 207
kl

dd

� �
qdd

kltsat

� �0:745 qv
ql

� �0:581

Pr0:533
l ð18Þ

hnb;MOSTINSKI ¼ 0:00147q0:7p0:69
cr ð1:8p0:17

r þ 4p1:2
r þ 10p10

r Þ ð19Þ

In Eq. (18) dd ¼ 0:0146b 2r
gðql�qv Þ

� �0:5
and b is assigned a fixed value of

about p/6, while Eq. (19) must be used with q in W/m2 K and pcr in
kN/m2. From Table 3 it can be observed that hnb for R744 is about
three times larger than R22.

With the Sato and Matsumura correlation [38] it can be shown
that the vapor quality at which nucleation is fully suppressed is gi-
ven by the relation:

xSUP ¼
c

1þ c
ð20Þ

where, for a uniform heat flux applied to the wall, c can be obtain
from the relation:

c ¼ qv
ql

� �0:56 ll

lv

� �0:11 qklifgqv

98rtsath
2
l

 !1:11

ð21Þ

Using the Dittus–Boelter correlation [20] to evaluate hl, for
G = 200 kg/m2 s and q = 10 kW/m2, xSUP for R744 is larger (of about
10%) than that corresponding to R22 (Table 3). This is due to the fact
that, compared to R22, carbon dioxide presents higher qv

ql
, kl, ilv, qv

and lower r. Therefore the nucleate boiling contribution for carbon
dioxide is active for a larger range of vapor qualities.

For tsat � 5 �C the nucleate boiling contribution is enhanced. As
a consequence in the region of low vapor quality the nucleate boil-
ing contribution becomes so relevant to determine heat transfer
coefficients higher than those pertaining to the region of high va-
por quality, while for high vapor quality the heat transfer coeffi-
cients remain similar to those corresponding to lower
evaporating temperatures.

5.2. Influence of mass flux

From Fig. 4 we can observe that the heat transfer coefficients
are nearly independent of mass velocity. This is due to the fact that,
as seen above, the convective boiling contribution is not so rele-
vant for carbon dioxide as for others fluids.

5.3. Influence of saturation temperature

As can be noticed from Fig. 4, the heat transfer coefficient at low
vapor quality (up to around 30%) increases with a rise of evaporat-
ing temperature from tsat � �3 �C to tsat � 5 �C; no obvious differ-
ences have been observed in the transition from tsat � �8 �C to
tsat � �3 �C. These trends can be explained taking into account that
in the region of low vapor quality the nucleate boiling is the dom-
inant heat transfer mechanism. From Table 3 it can be drew that as
the evaporating temperature increases the critical bubble radius
decreases and the bubble frequency release increases and, there-
fore, the nucleate boiling contribution is enhanced. The variations
of rcr and f corresponding to the transition between tsat � �3 �C and
tsat � 5 �C are larger than those pertaining to the transition from
tsat � �8 �C to tsat � �3 �C. These considerations are also confirmed
observing that the nucleate boiling heat transfer coefficient



Table 4
Results of statistical comparison between the predicted and the experimental R744
heat transfer coefficients.

Number of
experimental
points

Predictive
methods

�e ð%Þ j �ej ð%Þ sd
(%)

k
(%)

Whole database 217 Cheng et al. [23] 4.7 22.6 30.4 75.6
Yoon et al. [11] 30.9 31.3 19.9 52.5

Intermittent flow
regime

24 Cheng et al. [23] 4.4 4.4 12.6 79.3
Yoon et al. [11] 3.2 3.2 9.9 81.1

Annular flow
regime

152 Cheng et al. [23] 8.6 10.3 13.3 93.1
Yoon et al. [11] 19.9 20.2 20.1 70.0

Yun et al [47] - di=6.0 mm G=340 kg/m2s tsat=5.0 °C q=20.6 kW/m2

Present study - di=6.0 mm G=348 kg/m2s tsat=5.0 °C q=20.0 kW/m2

Yun et al [47] - di=6.1 mm G=240 kg/m2s tsat=5.0 °C q=10.0 kW/m2

Present study - di=6.0 mm G=252 kg/m2s tsat=5.7 °C q=10.2 kW/m2

4192 R. Mastrullo et al. / International Journal of Heat and Mass Transfer 52 (2009) 4184–4194
predicted from the correlations of Cooper [35], Jung and Raderm-
acher [36] and Mostinski [37] becomes about 20% larger when
the saturation temperature passes from �3 to 5 �C, while from
tsat � �8 �C to tsat � �3 �C the increment of hnb is about 10%.

Even if increasing saturation pressure and decreasing refriger-
ant mass flux xSUP becomes slightly larger (Table 3), no obvious dif-
ferences have been observed in the value of vapor quality at which
the influence of evaporating temperature becomes negligible.

For high vapor quality the heat transfer coefficient is substan-
tially independent from the saturation temperature: this is due
to the lower influence of the nucleate boiling as vapor quality
increases.

5.4. Influence of heat flux

Fig. 6 shows that a strong dependence of the heat transfer coef-
ficients on the heat flux appears for all values of vapor quality
(even if the influence of q at low vapor quality is larger). The effect
of heat flux on the heat transfer coefficient shows the dominance of
nucleate boiling heat transfer in the whole range of vapor qualities,
as expected from the evaluation of xSUP. In fact heat flux has a neg-
ligible effect on the convective contribution to heat transfer, while
strongly affect nucleate boiling. In particular, as heat flux increases,
the liquid superheat Dt becomes higher and, therefore, the critical
bubble radius becomes lower [31]. As a consequence, the nucleate
boiling contribution increases. Fig. 6 is referred to G � 300 kg/m2 s
and tsat � 5 �C, but the above considerations can be extended to the
other operating conditions investigated.

6. Comparison with predictive methods and other experimental
data

The measured values of heat transfer coefficients have been
compared with two of the most important predictive methods spe-
cifically developed for carbon dioxide: the phenomenological
method of Cheng et al. [23] and the method of Yoon et al. [11].

The comparison has been made both for the whole database and
the segregated data by flow regimes (annular and intermittent)
and the results are reported in Table 4. To segregate the data by
flow regime the flow pattern map by Cheng et al. [22] was used.
In the analysis the parameters defined by Eqs. (5)–(7) and the per-
centage of points inside an error interval of ±30% were evaluated.

For the entire database, it can be observed that the correlations
tend to overpredict the experimental data; even if Yoon et al. [11]
method returns the best standard deviation (19.9%), Cheng et al.
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Fig. 6. Local heat transfer coefficients of R744 as a function of vapor quality at
varying heat flux for G � 300 kg/m2 s and tsat � 5 �C.
[23] correlation provides the lowest absolute mean error (22.6%)
and is able to predict 75.6% of data within ±30% error window.
However the above considerations were affected by the data distri-
bution with respect to the flow regimes. The analysis for each flow
regime showed different results. In the intermittent region, the
method by Yoon et al. [11] granted the more reliable predictions,
even if also the method of Cheng et al. [23] returns accurate predic-
tions. Results by Cheng et al. [23] correlation were the best in the
annular flow regime both for absolute mean error (10.3%) and stan-
dard deviation (13.3%); besides, this method predict 93.1% of data
within ±30% error range, while for Yoon et al. [11] correlation re-
sults k = 70.0%.

Heat transfer coefficients measured in this study have been
compared with those obtained by Yun et al. [11] (Fig. 7), Oh et
al. [16] (Fig. 8), Cho and Kim [15] and Yoon et al. [17]. The selected
works refer to similar sets of operating conditions (tube geometry,
surface aspect and disposition; mass fluxes; evaporating tempera-
tures; heat fluxes).

All the authors obtained experimental trends of heat transfer
coefficients versus vapor quality similar to those shown in this
work; however they hypothesized a partial dryout of liquid film
at very low vapor quality. Regarding the absolute values, a good
agreement has been observed in most cases, even if some discrep-
ancies have been found; for example, differently from our study,
Yun et al. [11] observed: an influence of the heat flux on heat
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Fig. 7. Comparison of heat transfer coefficients presented in this study with those
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transfer coefficients only for low vapor quality (up to 0.3 � 0.4);
the heat transfer coefficients increasing with the rise of mass flux
for vapor qualities above 0.5 and the decrease with the increase
of evaporating temperature at high vapor quality. About the work
by Oh et al. [16], even if a limited range of vapor qualities was
investigated, important differences in the absolute values can be
noticed for G = 200 kg/m2 s, tsat = �7.8 �C and q = 10.1 kW/m2 prob-
ably due to the slightly greater inner diameter.

From the comparison with Cho and Kim [15] and Yoon et al.
[17], it can be observed that the heat transfer coefficients pre-
sented in this work are greater even if we used an inner diameter
lower. Besides Cho and Kim [15] measured heat transfer coeffi-
cients increasing at increasing mass flux.

7. Conclusions

The scheduled phase out of HCFC refrigerants has prompted the
refrigeration industry to identify new possible alternative. Carbon
dioxide is gaining renewed interest as an environmentally safe
refrigerant. In order to improve the energy efficiency of R744 sys-
tems, an accurate knowledge of heat transfer coefficients during
evaporation is fundamental.

Some studies have been carried out in recent years to measure
the CO2 two-phase heat transfer coefficients during flow boiling in
horizontal circular macrochannels. Nevertheless more accurate lo-
cal heat transfer data are still needed. In fact data from different
studies available in literature show somehow different values of
heat transfer coefficients at similar operating conditions. Besides
the influence of mass flux, evaporating temperature, heat flux
and vapor quality on the heat transfer coefficients is not com-
pletely cleared.

In this paper experimental heat transfer coefficients for R744
during flow boiling in a smooth, horizontal, circular, stainless steel
tube with 6.00 mm inner diameter are presented. The tests were
carried out by means of a new experimental apparatus developed
for accurate carbon dioxide measurements. The reliability of the
measurements was verified through accurate preliminary tests
that showed an instrumentation calibration and overall system
performance consistent with the desired accuracy.

We obtained 184 experimental points in 18 operating condi-
tions commonly encountered in dry-expansion evaporators. The
experiments showed that the heat transfer coefficients are nearly
independent of mass velocity and, for low evaporating tempera-
tures, of vapor quality. The influence of evaporating temperature
is remarkable only for low vapor quality. A remarkable influence
of the heat flux on the heat transfer coefficients for all values of va-
por quality has been also observed.

Taking into account that the heat transfer process depends on
the liquid and vapor phase distributions, an accurate analysis of
the flow regimes corresponding to the experimental points based
on the local circumferential distribution of heat transfer coeffi-
cients has been carried out.

At low vapor qualities, from the experimental data analysis, the
slug flow regime seems to occur and the top of the tube shows the
highest local heat transfer coefficient. This is due to the fact that in
the liquid film region at the top of the tube the nucleate boiling is
larger.

At higher values of vapor quality the flow regime becomes strat-
ified-wavy or annular depending on the mass flux. Differently from
the stratified-wavy regime, in the annular flow region no obvious
variation of circumferential heat transfer coefficient was observed.
This implies that dryout does not arise. Besides, compared to the
flow pattern map of Cheng et al. [22,23], in our experiments the
transition from slug to stratified-wavy/annular flow regime seems
to take place at slightly higher values of vapor quality and the tran-
sition from stratified-wavy and annular flow regime seems to oc-
cur for slightly higher mass flux.

The results were compared against the methods of Cheng et al.
[23] and Yoon et al. [11]: the statistical analysis showed that the
Cheng et al. [23] correlation provides the best results.
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